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Evaporation of water through nonwettable porous membranes has been 
studied under various pressures with various membrane thicknesses. 
The results of previous investigations at 1 atmosphere have been cor-
related into one equation for mass transfer resistance which has also been 
found to fit approximately new data obtained at 0. 5, 2, and 3 atmospheres in 
this investigation. In the new data fluxes varied from 0. 064 to 0. 691 lb. /ft. 2 hr. 
through glass fiber-Teflon membrane from 0. 02 to 0. 08 inch in thickness. 
Temperatures ranged from 80 to 260°F. A more theoretical equation has been 
developed to explain variations from the equations based on 1 atmosphere data. 
This equation fits data under all pressures studied and is based on ordinary 
diffusion theory extended to include Knudsen diffusion effects, theoretical heat 
conduction through the membrane, and liquid film heat transfer coefficients. 
A relationship is also developed for mass transfer if concentration build-up is 
appreciable, and equations are given for the heat conducted through the 
membrane. 
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NOMENCLATURE 
3 C =total molar density, lb. moles,.ft. 
c = specific heat, Btu/lb. °F 
p . 
c = specific heat of the water vapor, Btu/lb. °F pa 
D = diameter of the evaporator - condenser, ft. 
2 D = effective total diffusivity (defined in Equation 2 .16), ft. /hr. 
e 
D .. =ordinary diffusivity for system i-j*, 
lJ 
2 
DKi =Knudsen di.ffusivity of i*, ft. /hr. 
2 ft. /hr. 
2 DN =total diffusivity (defined in Equation 2.14), ft. /hr. 
D!. =thermal diffusivity for system i-j*, ft. 2 /hr. 0 R 
lJ 
d = a constant (defined in Equation 2. 7b) 
d' =a constant (defined in Equation 2. 5) 
E =boiling point elevation of salt solution, °F 
. 2 G =mass velocity, lb.ht. hr. 
g = gravitational acceleration, ft. /sec2 
l).H = latent heat of vaporization, Btu/lb. 
2 0 h = heat transfer coefficient on salt water side, Btu/ft. hr. F 
s 
hf = heat transfer coefficient on fresh water side, Btu/ft. 2 hr. °F 
2 h = assumed heat transfer coefficient for either fresh or salt water, Btu/ft. 
2 J. =diffusion flux of i*, lb. moles/ft. hr. 
1 
j H = Colburn j -factor for heat transfer 
jM = Colburn j -factor for mass transfer 
ix 
X 
2 K =overall mass transfer coefficient (defined in Equation 4.1), lb. At. hr. in. Hg 
m 
k =thermal conductivity, Btu/ft. hr. °F 
k = effective thermal conductivity of the membrane (defined in Equation 2. 44) 
e 
0 Btu/ft. hr. F 
0 kf =thermal conductivity of the gaseous mixture in the membrane, Btu/ft. hr. F 
2 kL =liquid - film mass transfer coefficient, lb. moles/ft. hr. unit mole fraction 
0 k = thermal conductivity of the membrane solid structure, Btu/ft. hr. F 
w 
L =membrane thickness, ft. 
L =average length of diffusion path across the membrane, ft. 
e 
2 
L' =weight of glass fiber per 111 em. of membrane, gm. 
M. = molecular weight of i*, lb. /lb. mole 
1 
M = average molecular weight of salt solution, lb. /lb. mole 
2 
m A = mass flux of water, lb. /ft. hr. 
N =molecular density, moelcules/ft. 3 
2 
N. =molar flux of i*, lb. moles/ft. hr. 
1 
N = Lewis number Le 
N = Prandtl. number Pr 
N = Reynolds number Re 
N = Sclunidt number Sc 
n. = mole fraction of i* 
1 
p. =partial pressure of i* 
1 
p = equilibrium partial pressure of water vapor on the salt water side, in. Hg 
s 
pf =equilibrium partial pressure of water vapor on the fresh water side, in. Hg 
PBAVE =1T - (ps + pf)/2 
p BAVE = 1T (1 + D AB/DKA) -(p s + pf)/2 
2 q = conduction heat flux in the membrane, BtuA:t. hr. 
c 
2 qf =heat flux through the liquid film on fresh water side, Btu/ft. hr. 
q = heat flux through the liquid film on salt water side, 
s 
2 ~ = latent heat flux through the film, Btu/ft. hr. 
q' =tortuosity factor 
R = gas constant 
r = capillary radius or equivalent pore radius, ft. 
0 T = absolute temperature, R 
T =average absolute temperature, 0 R 
0 
t = temperature, F 
0 A t =temperature difference, ts - tf, F 
fl. t' = temperature drop across liquid film, °F 
V. =diffusion volume 
1 
v. = mean molecular velocity of i *, ft. /sec 
1 
x. = mole fraction i*in liquid phase 
1 
y. = mole fraction of i * in gaseous phase 
1 
z = rectangular coordinate, ft. 
GREEK SYMBOLS: 
0 -1 f3 = thermal expansion coefficient, R 
2 
II = kinematic viscosity, ft. /hr. 
2 Btu/ft. hr. 
xi 
y =thermal diffusion constant 
6 = boundary layer thickness, ft. 
cr =So ret coefficient, 0 R -1 
f =porosity 
e = molecular diameter' ft. 
A = mean free path, ft. 
1T =total pressure, in. Hg or atm 
'Tt' = 3.1416 
J.L =viscosity, lb. /ft. hr. 
SUBSCRIPT: 
A = refers to water* 
B = refers to air* 
C = refers to salt* 
f =refers to fresh water 
g = refers to the gas 
i, j = dummy component subscripts represent A, B, or C* 
L =refers to the liquid 
s = refers to salt solution 
1 = refers to the membrane surface on salt water side 
2 =refers tothe membrane surface on fresh water side 
*Component subscripts i, j are replaced by A, B, or C when referring to 




A method of evaporation which has potential advantages in approach-
ing thermodynamic reversibility has been described by Findley (14). This 
method involves evaporation through a porous nonwettable membrane, which 
operates as a barrier to liquids while readily passing the vapor, from a hot 
evaporating liquid in contact with the membrane into the membrane pores, 
through which the vapor transfers to a coolant stream on the opposite side of 
the membraneo The vapor condenses on the coolant surface, and combines 
with this stream. 
1 
The basic requirements of a single effect conventional evaporator are 
a liquid section, a vapor section, a condensate section and means of adding 
heat to the liquid and removing heat from the condensate. A porous nonwet-
table membrane with a multiplicity of microscopic vapor-filled passages sep-
arating a hot solution and a cooler condensate may act as an evaporator. Such 
an evaporator may consist of only a thin solution layer, a thin membrane, and 
a thin condensate layer. 
Multi-effect evaporators are often used to improve the economics. 
Each effect must normally be maintained at different pressure, and the whole 
system requires large spaces, and complex equipment. However, in the sys-
tem of evaporation through porous membranes, a large number of effects, 
each one consisting of a thin solution layer, a thin membrane, a thin conden-
sate layer and a thin heat-conductive material which allows heat to transfer 
from the condensate layer of one effect to the solution layer of the next effect, 
2 
can be assembled to form a compact multi-effect apparatus. This system can 
be operated under a constant liquid pressure higher than the vapor pressure as 
long as surface tension forces prevent the liquids entering into the membrane 
pores. Therefore, an evaporation system of high efficiency, compactness, 
and simpler and inexpensive construction can be expected. 
The disadvantages of evaporation through porous membrane over the 
conventional evaporation are: (i) the membrane, which provides the vapor 
space, produces a diffusional resistance to the mass transfer of vapor, and 
(ii) heat will be conducted through the membrane and conducted heat is nbt 
effective in producing evaporation. 
Before this process can be applied to practical industrial separation, 
the characteristics should be understood and a reliable mass flux correlation 
is needed. Several studies (61, 49, 67) have been made on these aspects and 
have provided some useful information. However, the conclusions drawn are 
incomplete, no experimental data under pressures other than 1 atm have been 
supplied, and a generalized mass flux correlation has not been proposed. 
B. Purpose: 
The purpose of this study is to develop a reliable method for estimating 
mass flux of evaporation through porous nonwettable membranes. Two steps 
will be taken to approach this. First, a theoretically based correlation will 
be developed to represent the data of the previous studies. Second, experi-
mental data under various pressures, from about O. 5 to 3 atm, will be pro-
vided to check the validity of the correlation developed. 
IT. THEORETICAL ANALYSIS AND LITERATURE REVIEW 
In this section the relevant literature and theory are reviewed with 
regard to the mechanism of transferring liquid directly from one body of fluid 
to another across a vapor permeable membrane and the related mechanism 
of heat transfer. 
A. Membrane: 
A membrane is usually defined as a kind of porous medium which al-
lows transfer of material by diffusion, and by hydraulic or convection flow 
through it. It will also be considered herein as a collection of random pores 
with diametars sufficiently large that no molecular sieve action is to be en-
countered. Diffusion through the membrane is induced by a concentration, 
thermal or pressure gradient. 
Originally, the development of membrane theory was stimulated by 
an attempt to explain biological transport phenomena. Current interest in 
membrane research is attracted by the uses of membranes as industrial 
separation and purification devices. Membrane processes and their appli-
cations have been discussed in a number of recent articles (27, 48, 32, 33). 
Findley (14), and Findley et al. (15) have shown a new membrane application 
using nonwettable membranes. 
Permeability is the numerical measure of the rate at which transfer 
3 
of a stated material occurs under specified conditions. Permeability depends 
on the physical and chemical nature of the permeant and the membrane, and 
also on porosity and tortuosity of the membrane. A membrane may possess 
permiselectivity or transfer properties which are selective, permitting transfer 
4 
of some components but not others. All the applications using membranes in 
separation and purification depend on maximizing permeation and possessing 
certain permiselectivity. 
Consolidated and hetrogeneous membranes consisting of glass fibers, 
Teflon, and air were used in this investigation. The Teflon provides a water-
repellent property to the membrane, serves to prevent liquids from penetrating 
the pores, and maintains the vapor space for vaporization. 
B. Basic Concepts of Mass Transfer: 
1. Molecular Mass Transport and Diffusion inside Barrier: 
The term "molecular transport" includes the transport of mass, heat 
and momentum induced by the movement of individual molecules. The trans-
port of mass by individual molecular motion without the aid of mechanical 
mixing is usually referred to as "molecular diffusion". Diffusion, which may 
be caused by a concentration, thermal or pressure gradient, or by other 
means, is a process which leads to an equalization or an unequalization of 
concentration within a single phase. In a fluid containing at least two sub-
stances and free from any influence of geometry, a concentration (or partial 
pressure) gradient tends to move the component in such a direction as to 
equalize concentration and destroy the gradient. This is called "ordinary 
diffusion" or "normal diffusion". When the temperature of a homogeneous 
mixture is not uniform, a relative motion of the components is induced in 
the mixture and a concentration gradient is developed. Mass transfer 
produced by a temperature gradient is called "thermal diffusion" (or thermo-
diffusion) in the general case (34). Thermal diffusion in liquids is called 
5 
the 1 'Soret effect" (23). When a fluid mixture is in a porous or permeable 
solid, intermolecular attraction between the solid and solutes may cause 
selective combination of solid and solute molecules. This phenomena is 
called "sorption" (35), and it includes physical adsorption and chemisorption. 
If sorption occurs in a non-uniform mixture of fluid, a surface concentration 
gradient is developed and surface diffusion is induced. Surface diffusion is 
parallel to the flow (diffusion) of the fluid. Whether the surface diffusion will 
enhance the rate of flow (diffusion) or not, depends on the extent of sorption. 
There is another kind of diffusion mechanism for gases inside porous or 
permeable solids. Setting aside thermal and surface diffusion, the diffusion 
mechanism of gases largely depends on the relative magnitude of pore size 
and mean free path. When the mean free path greatly exceeds the pore dia-
meter, the flow (or diffusion) under this condition is referred to as "Knudsen 
flow" or "free-molecular diffusion" (42). The transport mechanism will be 
either Knudsen or ordinary diffusion, or a combination, depending on the 
relationship between radius and mean free path. 
From a thermodynamic viewpoint, all four mass transport processes 
mentioned above are irreversible processes. Any two possible transport pro-
cesses are likely to interfere with each other to some extent. For isotropic 
gases and liquids, the diffusion rates J. 1 s of substances are related linearly 
1 
to the generalized thermodynamic forces F. 1 s by phenomenological relations 
J 
of the general type 
J. = :E L .. F. 
1 1J J 
(i, j =1, 2, 3, ••• , n) 
where L 's are called phenomenological coefficients. Under the restriction 
ij 
that only small forces are considered to assure that L .. 's do not vary con-
1] 
siderably, there exists a relation 
L .. = L ..• 
1] ]1 
6 
This is known as "reciprocity relations" for irreversible processeso Onsager 
(30, 31) derived the above relations by starting from the principal of micro-
scopic reversibility. 
2o Diffusion in Binary Systems: 
The steady state mass transport by Knudsen and ordinary diffusion in 
a binary system will be considered hereo The driving force for both mechan-
isms is a concentration or a partial pressure gradient. The well-known Fick's 
law and Knudsen equations will be used to discuss this diffusion problem. 
Fick' s law was first formulated almost a century ago, and a number of 
mathematical expressions have appeared in the literature. 
For one-dimensional diffusion in a binary system, Fick' s first law in 




N. = n. (N. + N .) - CD .. -d 
1 1 1 J 1J z 
where N., N. =molar flux of i and j respectively 
1 J 
n. = mole fraction of i 
1 
c = total molar density of the entire medium at some point along 
the diffusion path 
D .. =ordinary diffusion coefficient 
1] 
This equation shows that the molar flux N. is the result of two quantities: 
1 
the molar flux which results from the bulk flow, n.(N. + N. ), and the molar 
1 1 J 
(2.1) 
dn 
flux resulting from the diffusion, CD .. ___!_. 
1J dz 
In order to obtain a solution of Equation 2.1 with certain boundary 
conditions, it is necessary to know the relation between N. and N. in order 
1 J 
to eliminate N., and to know the analytic expressions for C and D as a 
J lj 
function of position or n.. Diffusivities of liquids are strongly concentration 
1 
dependent and vary with temperature. 
The Knudsen diffusion equation is (43) 
dy. 
1 
N. = -C DK. -d 
1 g 1 z 
where DK.' y., and C are Knudsen diffusivity, mole fraction of i and total 
1 1 g 
molar density in gas phase. Knudsen diffusivity is function of barrier pore 
size, and temperature. 
3. Equilibrium and Mass Transfer between Phases: 
Equilibrium is the condition for all combinations of phases such that 
there is no net interchange of mass and energy. For a system not at equili-
brium, the difference between the existing condition and the equilibrium con-
7 
(2. 2) 
dition is a driving force causing a. change of the system toward the equilibrium 
condition. When two phases not at equilibrium are brought into contact, there 
will be transfer of mass, hea.t, and momentum depending on what driving force 
is applied. These transport phenomena include intraphase transfer by diffu-
sional processes and interphase transfer. 
The mechanism of interphase transfer is important in the diffusion 
process. The question often arises whether interfacial thermodynamic 
equilibrium exists or not. Schrage (57) has made a detailed discussion about 
interphase transfer of gas-liquid and gas-solid systems. He showed that 
interface resistance becomes important only at quite high rates of mass 
transfer. Pigford (46) has concluded that interface resistance is negligible 
based on various experimental data. In this investigation, interface resis-
tances of evaporation and condensation are concerned. The ratio of real 
exchange rate between liquid and vapor to the calculated exchange rate based 
on kinetic theory is defined as the evaporation coefficient. Trevoy (61), 
Hickman (20), and Maa (28) have indicated that there is little doubt about the 
evaporation coefficient being unity. It can be concluded that, for the situation 
of low or moderate diffusion rates in the individual phases, there exists little 
or no resistance to mass transfer at the interface. 
8 
When thermodynamic equilibrium is assumed at the phase interface, 
there are two individual resistances to mass transfer between phases. In 
calculating over-all resistance, the well-known "two-film" or "two-resistance" 
theory is commonly applied. Goodgame and Sherwood (18) have confirmed the 
concept of additivity of individual resistances. 
C. Diffusion of Gases in Porous Membranes: 
Some aspects of the particular case of steady state one-dimensional 
intramembrane transport of a binary gas mixture when the total pressure is 
maintained constant will be presented here. 
L Diffusion of Gases in Single Capillary: 
In order to develop a general picture of intramembrane transport, 
consideration of diffusion in a capillary is a necessary preliminary. As 
described in Section II. B. 1. , there are four possible transport mechanisms 
for diffusion of gases in a barrier. The significance of each mechanism is 
determined by the physical and chemical properties of gases and the barrier, 
and the conditions of operation - such as temperature and pressure. 
9 
The action of adsorption is most pronounced in an adsorbed mono-
molecular layer, but at times adsorption may persist to a height of three or 
four molecules. Surface diffusion involves three consecutive steps: adsorption 
of the adsorbed gases, subsequent diffusion of the adsorbed gases on the solid 
surface, and desorption. Provided that the height of the absorbed film is 
negligible compared to the capillary diameter, it should exert no influence on 
the diffusion rate in the gaseous phase. When measurable adsorption occurs, 
it will enhance the rate of diffusion. For the permanent gas, the solubility 
increases with temperature, for other gases and vapors, the solubility de-
creases with increasing temperature (47). This particular investigation con-
cerns the diffusion of water vapor and the adsorbed quantity on glass and Teflon 
is probably low. Also, pore size of membrane is sufficiently large to allow 
gaseous diffusion to predominate. Surface diffusion will be assumed negligible 
compared to gaseous diffusion in this study. 
Static thermal diffusion is usually a slow process, and the resulting 
degree of separation (concentration difference) is small even under two or 
three hundred degree temperature difference. In comparing thermal diffusion 
with the relatively high rates of ordinary and Knudsen diffusion, it is essentially 
negligible. For example, with He (54%) and Ne (46%) a separation of 1. 8 per-
cents has been observed in a two-bulk static cell with hot bulb and cold bulb 
temperatures of 96° and 20°C respectively (51, p. 67). Grew and Thbs (16), 
10 
and Chapman and Cowling (4) have reviewed and fully treated the theory of 
thermal diffusion. 
By neglecting surface and thermal diffusions, two dominating diffu-
sion mechanisms are left: ordinary diffusion and Knudsen diffusion. The 
mean distance travelled by a molecule between successive collisions is de-
fined as the mean free path. The magnitude of the mean free path is dependent 
on the molecular diameter and the number of molecules per unit volume. The 




where 71 is the pressure, 9 is the diameter of the molecule, and N is the num-
ber of molecules per unit volume. For most gases at ordinary temperatures 
-6 -6 
and pressures the approximate mean free path is from 5 x 10 to 50 x 10 em. 
(26, 52). The diffusion mechanism will be either ordinary or Knudsen diffusion 
depending on the relationship between capillary radius, r, and the mean free 
path. If r is much larger than A, the intermolecular impacts are more import-
ant and ordinary diffusion occurs. If r is much smaller thanA, the impacts 
between molecules and the wall of a capillary are more frequent than inter-
molecular collisions. Then the flow of gases is practically unaffected by 
intermolecular collisions and is determined almost entirely by the impacts 
with the wall. This is the case that usually occurs under very low pressure. 
Under this condition, Knudsen diffusion is dominating and ordinary diffusion 
is neglected. Knudsen diffusion takes place for each component of gases along 
its own partial pressure (or concentration) gradient and depends on the nature 
11 
of the gas itself (42). Jf the condition is such that r and A. are comparable, 
the nature of diffusion will be between Knudsen and ordinary diffusions and 
it is usually referred to as the "transition region". It had been supposed (52) 
that the transition region extends approximately from rf>... = 0.1 to r/>.. = 10. 
Knudsen diffusivity of component A is defined in terms of rand the 
mean molecular velocity v A by Knudsen's equation 
8 RT 112 
v A = (,Tr'M ) 
A 
where R is the gas constant 
T =absolute temperature 
1T' = 3.1416 
M = molecular weight of A 
A 
or DKA can be expressed as 
D = d' r ~/2 
KA 
1/2 
where d' =~ ( SR ) 
3 1r'M A 
The gas diffusivity of a binary gas system given by Fuller, Schettler 





where VA and VB are diffusion volumes (13) of A and B. In using this equa-
tion, units of 1T and T are in atm and °K. and the diffusivity so given is in 
cm2 /sec. In order to use Tin °R and give DAB in ft2 /hr, Equation 2. 6 will 
be changed to 
DAB= 
or 1. 75/ DAB=dT 1T 
-3 1/2 1/3 1/3 2 




The variation of diffusivity with the compositions of gases has been observed. 
The variation is very small even in extreme cases, so it is often ignored in 
engineering computation (54, 5). Chapman and Cowling give diffusivities of 
2 H 2 and co2 as 0. 594 at 75% H 2 , and 0. 633 ft. /hr. at 25% H 2 (23, p. 423). 
According to Equation 2.1, molar flux of component A in an ideal 
binary gas mixture of A and B by ordinary diffusion is 
(2. 8) 
Let ~ = 1 + N /NA and substitute C = w'RT, then Equation 2.8 can be written B g 
as 
1T DAB 
N =-A RT(1 -a y A) 
According to Equation 2. 2, molar flux of A by Knudsen diffusion is: 
dyA 
N=-CDKAd A g z 
(2. 9) 
(2.10) 
This can be also written as 
'7TDKA dy A 
NA =- RT dz 
Scott and Dullien (52) derived a flux equation for the diffusion in the 
transition region based on momentum transport theory. It states: 











Actually this equation can be used to cover the entire three-mechanism range 
of Knudsen, transition and ordinary diffusion. According to equations 2. 7b 
and 2. 5, in the Knudsen diffusion region, DAB>> DKA and equation 2.12 will 
reduce to Equation 2.11; in the ordinary diffusion range, Dd> DAB and 
Equation 2.12 will reduce to Equation 2. 9. Widely ranged experimental data 
(52, 19) have shown that Equation 2. 12 holds for entire three-mechanism range. 
If flux is calculated by 
then total diffusivity, DN' will be 
1 D = 
N 1 -ex. y A 1 
+ 
DAB DKA 
2. Diffusion of Gases in Porous Membranes: 
(2.13) 
(2.14) 
Diffusion of gases in a porous membrane is fundrunentally not different 
from that in capillaries. Equations 2.13 and 2.14 can be applied to a porous 
membrane if tortuosity, porosity, and pore shape and dimensions are considered. 
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The pore space of a porous membrane is assumed to be isotropically 
and randomly distributed, and a porous membrane is considered as a bundle 
of parallel capillaries with a common hydraulic radius. This is the so-called 
"parallel pore model", and is widely used in studying porous media. For 
such a membrane, the fractional pore area will equal the porosity, ( • The 
path for diffusion through the pore space would be tortuous, with an average 
length, L , greater than the actual thickness of the membrane, L. The 
e 
ratio L /Lis called "tortuosity factor", q'. 
e 
If the tortuosity factor and porosity are to be considered, the effective 
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There are at least two types of diffusion mechanisms in liquids -thermal 
and ordinary diffusion. Special attention will be paid here to discuss the steady 
state diffusion in a binary liquid film which is subject to both temperature and 
concentration gradient with a net flux of solvent but no net flux of solute. The 
main purpose is to get a picture of the resulting concentration difference across 
the film. 
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1. Thermal Separation: 
A qualitative picture of thermal diffusion in liquids is provided by the 
cage model of liquids (36). The cage model considers that each molecule is 
retained temporarily in an equilibrium position by the potential field of the 
surrounding molecules. At the same temperature all molecules have the same 
kinetic energy and therefore the heavier molecules have a. higher momentum. 
When a heavier molecule jumps to a colder region, it penetrates farther than 
a lighter molecule; therefore, the heavier molecules tend to concentrate in the 
cold region. Grew and lbbs (1 7) concluded, based on the experimental results 
with aqueous solutions of Soret and others, that the Soret effect is in such a 
direction that the solute concentrates in the colder region; the separation 
thus obtained increases with initial concentration, and it increases with tern-
perature gradient. This includes the solution containing soldium chloride. 
Up to now, the theory of thennal diffusion for liquids is less developed than 
that for gases. Few reliable quantitative results about the Soret effect in 
dilute solutions of electrolytes exist. 
Consider the static thennal diffusion in the absence of convective 
mixing. A few rate laws have been proposed in the literature in attempting 
to relate the flux of a component in a nonisothermal solution to the temperature 
gradient. The theoretical analysis of thermal diffusion based on kinetic theory 
yields a basic rate law of thermal diffusion. (51): 
DCA 'Y 
JC =- CL T 
where xA, xc =mole fractions of A and C respectively 
(2.17) 
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J = molar thermal diffusion flux of solute 
c 
DCA = ordinary diffusion coefficient of A and C 
Y = thermal diffusion constant. 
The sign assigned is arbitrary. The convention will be adopted, taking y 
positive when the heavier component (the solute) is concentrated in the 
colder region. The flux equation is commonly used to define the "thermal 
diffusion constant", y. 
Another expression commonly used as the basic rate law of thermal 
diffusion and to define "thermal diffusion coefficient" is (51): 
where DCA is thermal diffusion coefficient, and CL is total molar density of 
the liquid mixture. The sign assigned here is also arbitrary. Both y and 
(2.18) 
DCA are functions of temperatures and concentrations. The ratio, DCA /DCA' 
is called the "Soret coefficient," a (24)o It is obvious that cr is a function of 
both temperature and concentration. Experimental results for the Soret 
effect in the literature are usually expressed in terms of y and cr. Various 
values of y and cr are reported based on the use of xA and xC as volume, 
mole, or weight fractions. 
When a binary solution is subjected to both temperature and concen-
tration gradients, the resulting flux of one component can be expressed as 
the sum of two terms: the first due to the thermal gradient and the second 
due to the concentration gradient. Thus the flux of one component across a 
surface at rest with respect to the solution will be taken as 
N = - c [ D' x x dT + n dxc J 
C L CA A C dz CA dz 
This equation with a = D' A /D can be written as 
C CA 
dT dxc 
N = - C D [ax x -+ -- ] C L CA A C dz dz 
In the case of evaporation there is no net transfer of a non-volatile solute 
such as salt, and in the steady state NC = 0, so 
dxc 
dT 
For dilute solution, x A -+ 1 and then 
1 
a --
The quantity expressed by the right hand side of this equation is often used 
as an estimate of the Soret coefficient. The approximation x A xc ~ xC is 
reasonable if xC ~ 0.1. 
If the temperature difference across a liquid film is Ts- T1 , (see 
Fig. 2. 1), where Ts > T1 , is not large, the concentration difference 
x - x will be small enough to consider a a constant over the tempera-
Cs C1 
ture and concentration range encountered, and the solution of Equation 2. 22 
is 
xes 
It is usually the case in the liquid phase that a is very small, indicating the 








The exponential term may be approximated under this circumstance by the 
first two terms of its Taylor series expansion which leads to the expression 
(2. 24) 
Agar and Turner (1), Tanner (59), and Von Halle (64) have listed many 
values of Soret coefficients at different temperatures and concentrations for 
solutions and liquid mixtures. The values listed for most of the solutions of 
-3 0 -1 
electrolytes are in the order of 10 ( C) • For temperature differences 
of 20° Cor less in this study, it is obvious that concentration differences 
caused by temperature differences a.re less than 2%. 
2. Concentration Polarization: 
Consider a 100% solute rejecting membrane which only allows sol-
vent transfer through by some means but does not allow the transfer of sol-
ute as shown in Fig. 2.1. xCl and xes are interface and bulk mole fractions 
of solute. 
The membrane reacts only to the conditions at its interface with the 
solution. It is, then, necessary to know the deviations from the bulk condi-
tions which occur at the interface in order to know how the membrane transfer 
will respond. 
Since solvent passes through the wall, solute will be carried toward 
the wall and will accumulate at the interface. This phenomenon is referred 
to as ••concentration polarization". Recently, there have been a few papers 
which discuss this for the case of reverse osmosis (3, 55, 56). The only 














Fig. 2.1 The Concentration Gradient in a Boundary 
Layer Adjacent to a Separation Membrane 
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back diffusion. According to Equation 2. 1, flux of solute can be expressed 
as 
At steady state there is no net flux of the solute, so that NC = 0. Then the 





Let obe the boundary layer thickness and assume that CLDCA is constant over 
the boundary layer, the solution of Equation 2. 20 is 
(2. 27) 
Diffusivities of liquids are very small, so it can be seen from Equation 2. 27 
that the concentration build-up at an interface may be significant. 
Boundary layer thickness, 6, is a fictitious length representing the 
thickness of a stationary fluid layer offering the resistance to mass transfer. 
It can be replaced by 
where k is liquid-film mass transfer coefficient in the absence of solvent 
L 
removal. 




The liquid-film mass transfer coefficient depends on the diffusivity and on 
the variables that control the motion of fluid adjacent to the membrane sur-
face. 
Mass, momentum and heat transfers are mutually related. The the-
oretical developments in the three fields are closely analogous. Based on 
Reynolds analogy, Colburn (6) correlated heat transfer data with friction data 
by introducing the dimensionless group (c p./k). He defined "heat transfer p 
factor" as 
where h =heat transfer coefficient 
G =mass velocity 
c = specific heat p 
k = thermal conductivity 
f.L = viscosity 
N = Prandtl number 
Pr 
(2. 30) 
and presented plots of j vs N , Reynolds number, for various geometries H Re 
to be used to estimate heat transfer coefficients. 
Extending the Reynolds analogy, Chilton and Colburn (7) define mass 
transfer factor as 
kLM 
j = M G 
2/3 




where M = average molecular weight of the solution 
p = density of the solution 
NSc =Schmidt number 
and showed experimentally that jH = jM for the values ofNSc between 0. 5 a.nd 
2o Sherwood, Brain and Fisher (55, 56) showed that this relation holds for 
liquid systems with NSc even up to 1000. Then, equating Equations 2. 30 and 
2o 31 gives 
j = kLM N 2/3 
H G Sc 
Rearranging, kL can be expressed as 
or 
2/3 
kL = jH G/M NSc 
==-h- N 2/3 
Me Le p 
where N = Lewis number. 
Le 
Equations 2. 33a a.nd 2o 33b show that kL can be estimated from jH and h. 
Then Equation 2. 29 can be modified to 
N M N 213;· G A Sc JH 







N M c /h N 213 
xCl =xes e 
A p Le (2. 35) 
Eo Heat Transfer: 
Convective heat transfer between fluids and a wall, and heat transfer 
through a porous wall with a diffusion flux at steady state will be considered 
here. The system will be a. porous wall separating two fluids with a constant 
mass flow across it as shown in Fig. 2. 2. A hot fluid, at a temperature t , 
s 
and a cold fluid, at tf' flow past each side of a porous wall either by natural 
(free) convection or forced convectiono 
1. Convective Heat Transfer: 
It is known that, for a flow of fluid past a solid, there exists a la.mi-
nar (streamline) film in contact with the solid surface and the major temper-
ature change between the bulk fluid and the surface of the wall occurs here. 
This gives rise to the concept of the thermal boundary layer. Since both 
conduction and convection occur in the film and since the boundary layer 
thickness is not convenient to measure, the heat flux between fluids and the 
wall is usuaJly calculated as following 
q = h (t - t ) 
s s s 1 
(2. 36) 
(2. 37) 
where h and h are film heat transfer coefficients. 
s f 
The value of a film heat transfer coefficient depends on the mechanism 
of the flow and properties of the fluido There are a. few methods of expressing 
film heat transfer coefficients. Those expressions relating Colburn j factor 
to Reynolds number and Nusselt number to Prandtl and Reynolds numbers 
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are most widely used. It was shown (9) that heat transfer will be increased 
by mass flow toward the solid surface. The magnitude of the influence of 
mass flow on film heat transfer coefficient depends on mass flow rate. As 
long as mass flow rate is small and properties are constants, the correspond-
ing influence seems to be small. 
In this investigation, natural convection is the type of heat transfer 
involved between fluids and solid walls. To approximate hea.t transfer coe-
fficients of free convection, the formula often used is that relating Nusselt 
numbers to Grashof and Prandtl numbers. The following equation (10) has 
been shown to be in fair agreement with the experimental values; i.e.: 
N = 0. 508 Np 112 (0. 952 + N ) - 1 / 4 (N )1 / 4 N~ r Pr GrD (2. 38) 
where the subscript D refers to the values of NNu and NGr at the point D. 
The average heat transfer coefficient of a wall with a height Dis found to be 
4/3 the local value at the point D (10), i.e.: 
Then, 
The Grashof number at the point D, N0 , is 
rD 
3 2 N = {3g D ~t';\) 
GrD 
where~ t' = temperature drop between solid surface and the bulk fluid 
k = thermal conductivity 
(2. 40) 
(2. 41) 
8 = thermal expansion coefficient 
u =kinematic viscosity 
D = a linear dimension, length or diameter 
Combining Equation 2. 40 and Equation 2. 41, gives 
2. Heat Transfer through a Porous Wall with a Constant Diffusion Flux: 
The following assumptions are made in order to idealize the system 
concerned: 
(i) the solid structure has a uniform thermal conductivity k 
w 
(ii) the fluid has a uniform thermal conductivity kf 
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(2. 42) 
(iii) the heterogeneous network of pores is considered as a system of a 
bundle of parallel capillaries 
(iv) the solid and fluid temperatures are equal, and heat flow is one di-
mentional. 
Studies of sweat-cooled porous metals (66) has indicated that solid and fluid 
temperatures are nearly equal based on these assumptions. 
The mechanism of porous heat transfer is made up of three components: 
(i) conduction along the solid, (ii) conduction within the fluid, and (iii) transport 
of enthalpy by mass flux, N • An energy balance on an element of volume in 
A 
the wall (see Fig. 2. 2) leads to the following differential equation. 
where c is the specific heat of fluid A. pa 
(2. 43) 
and 
Define the effective conductivity of the wall as 
k = (1 - ( ) k + ( k 
e w f 
c; = MANAc /k pa e 
Then Equation 2. 43 becomes 
d2 T _ ~ dt = O 
dz2 dz 
with boundary conditions 
t = t at z = 0 1 
t = t at z = L 2 
The solution of Equation 2. 46 is 
~z t1 - t2 
t = t 1 - ( e - 1) ( ~L ) 
e - 1 
or 
M N c z/k M N c I./k 
t = t1 - (e A A pa e - 1) (t1 - t2)/ (e A A pa e - 1) 
This gives the temperature distribution in the porous wall. 
Differentiating Equation 2. 47 gives 
dt t1 - t2 1: e~z 
= -( EL ) ., 
dz e"" -1 
With this expression of temperature gradient, heat flux at z = 0, q , and 
c1 
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Fig. 2. 2 Convective and Conductive Heat Transfer through 




= M N c (t _ t )/( A A pa e _ 
A A pa 1 2 e 1) (2. 50) 
and 
(2. 51) 
qcl and qc2 might or might not equal to qs or qf depending on whether 
there are phase changes at the interfaces or not. In this investigation there 
were phase changes, vaporization and condensation, so q on the salt water 
s 
side becomes 
q = q + latent heat 
s cl 
In analyzing experimental results qcl and qc2 may be related by 
Equations 2. 50 and 2. 51, and the latent heat transferred may be obtained 
from mass transfer rates. 
F. Mechanism of Vaporization through a Porous, Nonwettable Membrane: 
A mixture may be evaporated from one interface of a porous nonwet-
table membrane with diffusion through the pores and condensation at the other 
interface if there is a certain temperature drop across the membrane. Con-
sider that a porous nonwettable membrane filled with noncondensable gas B, 
Section IT in Fig. 2. 3, separates two fluids at different temperatures, but 
under uniform total pressure: fluid I, consisting of volatile component A and 
nonvolatile solute C, and fluid m being condensate of A. The temperature 
gradient causes a corresponding vapor pressure gradient of A. These two 
gradients provide the driving forces for mass and heat transfer through the 
I II I m 
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Mass is transferred from the hot fluid to the cold by the following 
processes: 
(i) convection and diffusion from the hot fluid to the membrane surface 
(ii) vaporization at the membrane surface 
(iii) diffusion across the membrane 
(iv) condensation at the other membrane surface 
These processes encounter resistances in series. The mass transferred by 
process (iii) is by gas phase diffusion in a binary system, as has been dis-
cussed in II. C. 2. A previous study (67) has shown that this is the major 
rate controlling factor. Process (i) contributes the concentration polariza-
tion and it reduces the driving force for process (iii). For low and moderate 
diffusion rates, the evaporation coefficient is unity and resistance of proces-
ses (ii) and (iv) can be neglected, as has been discussed in II. B. 3. 
As for heat transfer through the membrane, it is similar to what has 
been discussed in II. E. Heat for the vaporization of component A and heat 
conducted through the membrane are transferred through both films by 
convection. 
In this investigation, component A was water, B was air, and C was 
sodhun chloride. All the experiments were conducted under pressures from 
0. 5 to 3 atm. and at moderate temperature. Thus, the vapor-air mixture was 
assumed to be ideal gas. Salt concentration was 7%, and temperature dif-
0 
ferences between hot and cold fluids were less than 30 F. According to 
Equation 2. 24 and the Soret coefficient given by Von Halle (69), the effect 
31 
of thermal diffusion was neglected. The following derivations for the expression 
of mass flux will be based on these assumptions. 
Equations 2.15 and 2.16 state that 
7TDe dy A 
N =----A RT dz 
(2. 15) 
(2. 16) 
The trapped gas, B, stays stationary during processing, so that N = o and 
B 





N =----A qr RT 
1 
1 dyA 
(1 - y A) /DAB + 1/DKA dz 
In steady state operation, dNA 
dz 
= 0 , so 
d 
dz 
[ 0 AB dpB 




In these experiments, the temperature differences between hot and cold fluids 
were less than 30° F, so it is reasonable to replace T with T, where T = 
(T s + Tf) /2, and to replace DAB and DKA with DAB and D KA without introducing 
0 0 
significant err9r. For example, under a pressure of 1 atm, at 600 and 630 R, 
the values of DAB/Tare 2.00 x 10- 3 and 2.07 x 10- 3 ft. 2/hr. 0 R, while the 
values of D AB/DKA for 1 micron pores are 7. 47 x 10-2 and 7. 64 x 10-2 (see 




with boundry conditions 
pB = PB2 , at z = L 








'7T(l + D AB/DKA) - P A2 z/L 
1T (1 + D AB/DKA) - pAl J 
(2. 56) 
The resulting expression of flux would be 
f 1T DAB p A1- p A2 
NA = q' RTL PBM (2. 57) 
where p is logarithmic mean of the values of (PB1 + 1T D AB/DKA) and 
BM 
(pB2 + 1T DAD/ DKA). Since pB1 and pB2 differences in these experiments 
were not large, pBM can be approximated by 
Then, Equation 2. 57 becomes 
f:'TTDAB 
NA = q' RTL 
'TT (l + D AB/lJKA) - (pAl + p A2)/2 
Substituting DAB and DKA with Equation 2. 7b and 2. 5, gives 
d - 0. 75 f: T N = A q'RL 






For ordinary diffusion in one limit (r>>~, DKl> DAB and the ratio 
D AB/DKA is very small, the resulting expression would be 
or 
E' 1T D 
N _ AB 
A q' RTL 'TT- (pAl + p A2)/2 
f:dT0.75 PAl- PA2 
N = A q'RL 1T- (pAl+ PA2)/2 
(2. 60 a) 
(2. 60b) 
For a certain membrane, it can be seen from Equations 2. 59b and 2. 60b 
that the variables that control the mass flux are T , 'TT, PAl and p A2 . p A2 is 
simply the vapor pressure of A at t , but PAl is a function of both t and xA 2 1 1. 
According to Equation 2. 35, mole fraction of component C at the interface is 
NAM c /h 
X X e p S 





A dilute solution of sodium and chloride ions follows Raoult' s law very well. 
Therefore, the corresponding partial pressure of A is 
0 
p AI = (1 - 2xC1) pAl 
N M c /h N 2/ 3 
= (1 - 2x e A P s Le 
Cs 
0 
where pAl = vapor pressure of A at t 1 
0 
) PAl 
Total heat flux transferred from hot fluid to cold is the sum of two 
quantities: heat for vaporizing NA moles of A, ~1 , and conduction heat 
flux, q , at the interface between membrane and hot fluid. This is 
c1 
(2. 62) 
qs = ~1 + qcl (2. 63) 
if A H is the latent heat of vaporization, then 
(2. 64) 
According to Equation 2. 50 
(2. 50) 
In these experiments, mass fluxes were relatively low, and the thicknesses of 
membranes were so small that the value of the exponent in above equation was 
very small with respect to unity. Under this condition, Equation 2. 50 can be 
approximated by 
(2. 65) 
This means that the thermal effect of diffusion is negligiable compared to 
conduction heat. Substituting Equations 2. 64 and 2. 65 into 2. 63, gives 
At steady state. total heat fluxes across both films are equal, i.e. 
Following the definition of heat transfer coefficients as in Equations 
2. 36 and 2. 37, individual temperature drops across two films are 
and 
At' = t _ t 
s s 1 
= ~[NAMAAH+(t1 -t2)ke/LJ 
s 
= .! [ N M AH + (t - t2) k I L J 
hf A A 1 e 
Comparing Equation 2. 67 with Equation 2. 68 one sees that 
The total temperature difference between two fluids is the sum of the 
temperature drops across the two liquid films and the membrane, i.e.: 
Using the above equation to eliminate (t1 _ t 2) in Equation 2. 67, gives 
At' = 
s 
N M AH + (t - tf)k /L A A s e 
h + (1 + h /hf)k /L 








These derivations show that the rate of vaporization through a porous 
nonwettable membrane under given bulk temperatures and flow patterns of 
liquids across the membrane can be evaluated by either trial and error or 
iteration from the following set of equations: 
ll t' = 
NAMA M + (ts - tf)ke/L 
s h + (1 + h /hf)k /L 
s s e (2. 71) 
tl = t -~t' s s (2. 72) 
,,.t r = (h /hf) l\t' f s s (2. 69) 
NAM c /h NL 
2/3 
(1- 2xcs 
p s e 0 
PAl = e )PAl (2. 62) 
0 
PA2 = PA2 (2. 73) 
E'TrD AB PAl - PA2 
NA = 1T (l + D AB/'OKA) -q' RTL (p AI+ p AJ/2 
(2. 59a) 
The procedure to be followed is illustrated for the iterative method as following: 
(i) 
(ii) 
give an initial approximation to N A 
the temperatures t , t and their corresponding partial pressures 
1 2 
p p are then calculated, following the order of equations listed 
AI' A2 
above from Equation 2. 71 to Equation 2. 73 
(iii) generate a new approximation to N A, using Equation 2. 59a 
(iv) repeat (ii) and (iii) until convergence is obtained 
For this to be useful and reliable for estimating mass transfer rates 





assumptions and theories used in the derivation are appropriate. Part of this 
investigation was to carry out experiments, using 7% salt solution as the hot 
fluid and water condensate as the cold fluid, to measure water mass transfer 
across membranes of various thickness as a function of temperature level, 
total pressure, and bulk liquid temperature difference. These measurements 
are then used for the purpose of correlation and verification of methods of 




As stated in the introduction section, the purpose of this study was to 
analyze the mass transfer mechanism of evaporation through porous nonwettable 
membranes and to develop a correlation predicting mass transfer rate. The 
experimental plan consisted of the following phases: the effects of temperature 
level, pressure, and bulk liquid temperature difference on the water mass trans-
fer for various thicknesses. 
In this section apparatus, membranes, procedure, methods of calcu-
lation, and data and results will be described. 
A. Experimental Apparatus: 
The apparatus consisted of a two compartment membrane evaporator-
condenser 2-3/8 inches in diameter with two electric heaters and two thermo-
couples (Fig. 3.1), two variacs, a potentiometer, a wattmeter, a pressure 
regulator, a pressure gauge, a compressed air supply, all aspirator, a salt 
water reservoir, two fresh water reservoirs, a graduated cylinder, and a stop 
watch. The evaporator-condenser, covered by asbestos paper and glass wool, 
was as sembled by two steel flanges and four bolts, and is illustrated in Fig. 3. 2. 
Details of its major components are described in Appendix B. The heaters were 
connected in series with 110 A-C power supply and variacs. The potentiometer 
was connected to the thermocouples to measure the e. m. f •• The whole system 
was assembled by connecting the evaporator-condenser and reservoirs to a 
single pressure or vacuum source in order to have a uniform pressure in the 
system. 
Fig. 3.1 Evaporator- Condenser 
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Fig. 3. 2 Arrangement of Experimental Apparatus 





The membranes are porous nonwettable membranes made from fiber 
glass and Teflon. The Teflon imparts the nonwettable character to the membrane. 
This nonwettable property allows only water vapor to pass through the pores and 
retains liquids at membrane surfaces. The detailed method of preparing the 
membranes is described in Appendix C, and the membrane characteristics are 
tabulated in Table C. 1. 
C. Experimental Procedure: 
The following is the procedure used in making a run for one single 
membrane of any thickness under specified pressure and at a particular power 
setting. The experimental sketch is shown in Fig. 3. 2, and the evaporator-
condenser with heating and measuring devices is shown in Fig. 3.1. 
To begin a run, vacuum or pressure was introduced by aspirator or 
pressure regulator. Fresh water and 7% by weight sodium chloride solution 
were introduced into the evaporator-condenser. Fresh water was again admitted 
through V to flush the remaining air in the condensate outlet line through V • 5 1 
In case of operating under vacuum, there was no condensate outlet line. Both 
salt and fresh water were further admitted until fluids reached a certain level 
in the gauge tubes. Fresh water level was always kept at least 1/4 inch higher 
than salt water level. This adjustment of levels was to ensure that the increase 
of condensate (fresh water) was definitely not due to leakage of the membrane 
during operation. Then, v 4 was opened with V 2 , V 3 and V 5 closed. This 
permitted water transfer out of the salt water side to be made up by fresh water, 
thus maintaining concentration and level constant. 
42 
After the filling, heating was started. The electric heaters 1-1 and H 
1 2' 
shown in Fig. 3.1, were used to heat up both fluids, and desired power inputs and 
temperatures were adjusted with the aid of variacs B1 and B2 . Temperature 
difference across the membrane was kept between 5 and 15 degrees centigrade. 
Sufficient time allowance was given to warm up fluids and apparatus. 
Measurements were then started on the amount of water transferred 
' 
bulk temperatures of salt and fresh water, room temperature, and time elasped. 
To measure the water transfer rate, there were two different approaches 
depending on the operating conditions. A reference level mark was put on the 
level gauge tube to indicate initial fresh water level. When it was operated at 1 
atm or under pressure, the condensate accumulated was released into the 
graduated cylinder until the level dropped to the reference level mark. It was 
measured about once every 20 minutes. In cases of operation under vacuum, 
the height of condensate accumulated and the corresponding time were recorded. 
Condensate was checked occasionally with silver nitrate to determine 
whether or not appreciable chloride ions were present in the case of operation 
at 1 atm or under pressure. The procedure was to take 5 ml of condensate 
collected and add 3 drops of 1 N silver nitrate solution, then it was compared to 
the turbidity of 5 ml of 200 ppm salt solution with the same amount of silver 
nitrate added. If the condensate appeared to be more turbid, then the run was 
discarded. 
Each time the salt water level was lowered more than 0. 5 em. during 
operation, the following steps were taken to bring it back to the original level: 
(i) closed v 4, (fi) open v 3 to let fresh water flow from reservoir to make up for 
aoout 5 seconds, and (iii) reopened V • 
5 
Readings were taken for 18 different membranes containing three 
different make up weights of glass fiber under three different pressure levels. 
The power inputs or temperatures were changed according to the 
requiren1ents by adjustment of the variacs. The procedure of taking the 
reading was repeated as described aoove. 
D. l\Ieasurements: 
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Experimental measurements during each run were room temperature, 
bulk temperatures on each side of the membrane, volume of water transferred, 
and time. 
E. l\Iethods of Calculation 
2. An overall mass transfer coefficient, K lb./hr. ft. In. Hg was 
m 
defined and calculated as follows: 
where 
K =m /(p -p) 
m A s f 
P = partial pressure of water vapor on the salt water side 
s 
=vapor pressure in in. Hg of pure water at ts x 0. 96 where 0. 96 
was used as activity of water in the salt solution 
p = partial pressure of water vapor on the fresh water side 
f 
=vapor pressure of pure water at tf, in. Hg 
2 
n1 =evaporation rate, lb./ft. hr. 
A 
F. Data and Results: 
111i s investigation was carried out with membranes of three different 
make up wci~hts of glass fiber tmder the total pressure of O. 5, 2, and 3 atm. 
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Various bulk temperatures were applied. All the data taken and the results 
calculated from the data are tabulated in Table D.l through D.l8, Appendix D, 
page 81 through 89. 
The experimental measurements of time, volume, and temperatures 
were all made within a reproducibility of less than 2%. Total pressure 
measurements were reproducible to within 5% of the absolute pressure. It 
was impossible to separate experimentally the sources of error due to membrane 
character, membrane non-uniformity, heat transfer coefficient variations, and 
diffusion conditions because of the fragile nature of these membranes. 
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IV. DISCUSSION 
A. Introductory Remarks: 
Findley (14) has demonstrated the possibilities of the use of porous 
nonwettable membranes in industrial separation by evaporation. Previous 
studies (62, 50, 67) have been made on evaporation with glass fiber and Teflon 
membranes under the pres sure of 1 atm at various temperature differences. 
Various empirical and theoretical correlations have been developed to predict 
the rate of evaporation. Although each author's correlation gives fairly good 
agrccn1ent with his own experimental data, the conclusions drawn for the mass 
transfer mechanism through the membrane are incomplete and one correlation 
did not fit all data. 
As mentioned above, all the previous studies were carried out under 
the pressure of 1 atm. The major work of this study was designed to: (1) obtain 
experimental data under various pressures, (2) revise previous correlations on 
all work at 1 atm, and (3) analyze the mass transfer mechanism in further detail, 
and establish a method of predicting mass transfer under a variety of conditions. 
B. Interpretation of Previous Results: 
Previous studies of Tanna (62 ), Rao (50), and this author (67), all used 
7% salt solution as the hot .fluid to be evaporated and water condensate as the 
coolant. Membranes and operating conditions in Rao's experiment was more 
similar to this author's than those of Tanna's, whose membrane density was 
much smaller (about one half) and temperature difference across the membrane 
was higher in most of his runs. 
46 
Theoretical considerations, as ha.ve been discussed previously in II. F, 
suggested that mass transfer of water vapor through the membrane is by 
diffusion through a trapped stagnant gas, air, if air is not removed from the 
system. Rate of mass transfer then depends on vapor pressure difference 
across the membrane. According to Equation 2. 59b, the mass flux would be 
E: d To. 75 
NA = q'R L 
7T (1 
The temperatures measured in these investigations were bulk 
(2. 59b) 
temperatures. The practice has been to relate mass transfer rate to the vapor 
pressure difference based on the bulk temperatures. An overall mass transfer 
coefficient was then defined as follows: 
where 
K = m /(p - p) 
m A s f 
P = activity of water in the salt solution times vapor pressure of 
s 
water at t 
s 
pf =vapor pres sure of water at tf 
(4.1) 
The data have been expressed in terms of Km' and correlations were developed 
for K as a fimction of t , tf, E: , q', ke and L. 
m s 
Microscopic inspection showed that most pores which would permit 
t f bo t 1 ml·cron or greater in diameter, consequently, Knudsen vapor rans cr were a u 
· b · portant For this reason, the reduced diffusion was first assumed to e unlffi • 
for1n of Equation 2. 59b, that is Equation 2. 60b, was applied: 
( d 'To. 75 




Equation 2. 35 states that the concentration polarization at the membrane surface 
is: 
- I 2/3 NAM c h NLe 
XCl =xes e p (2. 35) 
Rates of mass transfer were relatively low in these experiments, so the effect of 
concentration is assumed insignificant. Also, for moderate temperature differ-
ence, (ts - tf), it seems reasonable to assume that 
pAl + p A2 ;:; ps + pf (4.2) 
(tl - t2)/6t;:; (pAl- PA2)/~p (4.3) 
where 
Then, Equation 2. 60b can be written as 
E:d To. 75 ~ tl - t2 N = q'R L ~t TT- (ps + Pr)/2 A 
E:d To. 75 ~ tl- t2 
= q'R L 6t PBAVE 
(4.4) 
where 
p = 1T - (p + pf)/2. BAVE s 
It can be shown, by substituting Equations 2. 67 and 2. 68 into 
Equation 2. 70a, that 
1 1 
At = (h +h) [ NAMAAH + (t - t2 )k /L] + (t - t ) s f 1 e 1 2 
Combining Equations 4. 4 and 4. 5 to eliminate (t - t ) 
1 2 ' 
1 1 k q'R L P 
At= (h + -) N M AH + N [1 + -!-c,"L + L)] BAVE 
s hf A A A L hs hf Ed TO. 75 
Substituting Equation 4.1 into Equation 4. 6, gives 
6 t 
Ap 
1 1 k 1 1 q'R L p 
At=(-+-)K 6p..6H+K [1~(-+-)] BAVEAt 
h hf m m L h h -0. 7 5 
s s f MAE:d T 
1 1 ke 1 
= K ((- + -)ApAH + [1 + -(-




1 q'R L P 
+ -)] BAVE At} 
hf M E: d TO. 75 
A 
If equal film heat transfer coefficients are assumed, then . 
L p 2k I p 
!__ _ ~~A + q'R BAVE +(~q R ) BAVE 






The first term could be considered as the effect of the liquid heat transfer films, 
the second the diffusional resistance, the third the effect of parallel heat 
conduction. 
In these experiments, the membranes were not completely uniform in 
thiclmess, and make up weight of glass fiber was used as a measure of thickness. 
2 
Let L' re the weight of glass fiber in grams per 111 em. of membrane. 
Average thickness, in ft., of all the membranes was 
L = 0. 00188 L' (4. 9) 
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Average void fraction of all the membranes was 0. 91, and the ratio of Teflon to 





(?:._) ~.6.H + (0.00188 q'R) L'PBAVE 
h 6 t MAe: d TO. 75 
2k p 
+ (~ q'R) BAVE 
h MAe: d T0.75 
The values in parentheses are the constants to be evaluated. A linear least 
(4.10) 
squares program can be used to determine the appropriate constants and the 
fit can be evaluated by the residual variance. 
The apparatus used in this author's previous study was similar to that 
in this work. Temperature on each side of the membrane could be independently 
established. Rao' s and Tanna's apparatus did not have heaters in the fresh water 
side, so the driving forces were never completely independent of other experi-
mental conditions. In fact, D.t increased as the temperature level increased. 
Thus, this author's data were used to evaluate the constants in Equation 4.10 
in order to differentiate the effects of At and T. It gave 
1 L'PBAVE PBAVE 
-K = 0. 00646 A..E._t AH + 7. 406 _ 0 75 + 3. 76 _ 0 75 
m A T • T • 
(4.11) 
In this equation pressures are in in. Hg, temperatures are in °R, AH is in Btu/lb., 
and K in lb. /ft. 2 hr. in. Hg. 
m 
Figure 4.1 shows the results of three groups of data for 1/Km plotted 
versus the right hand side of Equation 4.11. All data indicate that the second 
term contributes the major part of the overall resistance. If it is kept in mind 
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51 
data reasonably well. The points from run 5 and 6 of Tanna' s data were all 
obtained for the same membrane, and it is quite possible that the deviation 
of these points were due to a slight leak in the membrane which decreased 
the measured transfer rates and increased the apparent resistance. 
The first coefficient of Equation 4.11 indicates that the value of his 
310 Btu/ft. 2 hr. °F. The second coefficient indicates that d = 1.14 x 10-5 q'. 
If .V2 is used as the tortuosity factor (8), then d will be 1. 61 x 10-5• 
According to the definition of din Equation 2. 76, the value of d for the system 
of air and water vapor is 1. 64 x 10-5• The third coefficient indicates k to be 
e 
0 0.148 Btu/ft. hr. F. If the composition of the membrane and vapor space is 
used to estimate the thermal conductivity, using values of thermal conductivities 
weighed according to the volume fractions (see foot notes of Table C~ 1), a 
thermal conductivity of about 0. 06 Btu/ft. hr. °F. is obtained. 
The value of h actually is not a constant as shown·by Equation 2. 75, and 
k is interrelated with h in the method of evaluation. If one takes into account 
e 
this characteristic, and experimental error, the deviation of the k value seems e 
to be reasonable. All three values of h, d and k obtained indicate that ordin-
e 
ary diffusion is the mass transfer mechanism in the membrane and is the major 
rate controlling factor under the conditions of these experiments. 
Rao pointed out that increasing (.6t - E), where E is the boiling point 
elevation, increases 1/K • Comparison of the da.ta with those calculated from 
m 
Equation 4.11, as shown in Fig. 4. 2, indicates that the experimental 1/Km 
values become somewhat larger relative to calculated values as (.6t - E) 
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temperature level in these experiments. It seems probable that increasing 
(6,t - E) values would decrease the overall resistance if this effect was 
primarily on the film heat transfer coefficients. Fig. 4. 2 indicates there is 
a linear relationship between the deviation from theoretical and (~t -E) when 
At is high. This seems most likely due to some effect of internal condensation , 
which will be discussed later. 
In order to empirically correct overall resistance for the linear effect 
of At, a constant term and a (6,t -E) term were added to Equation 4.11. The 
coefficients were obtained by least squares from this author's data. The 
following equation was the result: 
1 L'PBAVE PBAVE 
K- = o. oo646 Af A H + 7. 406 _ 0 7 + 3. 76 _ 0 75 
m 6. T" 5 T" 
- 0.643 + 0.043 (At- E) (4.12) 
Figure 4. 3 shows the results of Tanna's, Rao's and this author's original data 
plotted versus the right hand side of Equation 4.12. 
The above relationships represent a preliminary portion of this work 
to obtain a better correlation of previous experimental work which has been 
approved for publication in AIChE Journal (15). 
C. Interpretation from this Work: 
In deriving Equation 4. 8, assumptions were made by neglecting the 
effects of concentration build-up at the membrane surface and the possible 
diffusion mechanism in the transition region, in addition to the assumption 
of equal film heat transfer coefficients. The appropriateness of these 
assumptions and the reliability of Equation 4. 8 to approximate overall mass 
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studies will be discussed here. 
The experimental conditions in this study ranged from about 80 to 
260°F in temperature and 0.5 to 3 atm in pressure, compared to 90 to 200°F 
and a single pressure of 1 atm in previous studies (62, 50, 67). The 
55 
membranes used in this work seemed to have improved uniformity and physical 
strength. 
In the experimental data obtained in this work, the mass fluxes were 
relatively low compared to other mass transfer methods. By Equation 2.35 
using data presented later, it was calculated that concentration build -up at 
membrane surfaces would be less than 5% of bulk concentration, and thus 
these data can be used to check the validity of Equation 4. 8. 
If Equations 4. 11 and 4. 12 are converted to be used with porosity and 
conventional units of thickness, the resulting equations are 
LP 1 -3~ 3 BAVE· 
and 
K =: 6.46 X 10 At A H + 3.58 X 10 'A'o0.75 
m € ~ 
!_ = 6.46 x 10-3 AJ!.A H + 3.58 x 103 L PBAVE 
K At -0 75 
m €T" 
p 
+ 3.42 BAVE - 0. 643 + 0. 043 (At- E) 
E To. 75 
(4.13) 
(4.14) 
Experimental1/K obtained in this study were plotted versus the right hand sides 
m 
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show that data were fairly close to the diagonal, but a majority of the data lie 
above the diagonal. The experimental apparatus used in this study was 
different from the apparatus used by this author in the previous study and should 
produce a different h value. Since coefficients in both Equations 4.13 and 4.14 
were evaluated by using data from previous apparatus, the deviations are not 
surprising. A likely cause of these deviations is the differences in h values. 
For a system of water vapor and air, if q' is taken to be /2 (8), 
Equation 4. 8 becomes 
!__ _ 2 AE + 3 LPBAVE 
K -h AthH 3.5x10 -0.75 
m £T 
k p 
+ 7.0 x 103 e BAVE 
h£T0.75 
(4.15) 
In order to check this with experime'ntal data, h values have to be supplied. As 
will be discussed later, average values of h for runs under pressure, runs 
under vacuum, and runs in this author's previous study were 180, 140, and 
290 Btu/ft. 2 hr. °F, respectively. Fig. 4. 6 shows experimental 1/K plotted 
m 
versus 1/K calculated from Equation 4.15 using the different values for h 
m 
given above for each corresponding group of data. Data obtained under 
pressure and data of the previous work was evenly dispersed around the diagonal, 
but all vacuum data were above the diagonal. 
The Knudsen - ordinary transition region type of diffusion is more 
likely to occur as pressure is reduced. For this reason, the discrepancies of 
the vacuum data indicate that this diffusion may be of the transition region type 
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2 A P 3 LITBAVE 3 kePBAVE 
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Pressure tests have been made (68) to determine the pressures which 
could cause liquid water to permeate through the same Hind of membranes as 
used in this work. The results indicate that membranes can stand a pressure 
of about 5 in. Hg without being penetrated at room temperature. The contact 
angle of liquid water on Teflon is 108.5° (58), and the surface tension of water 
against air is 72 dyne/em. (22) at 25°C. Based on these values an equivalent 
radius of the largest pore of 2. 4 microns is obtained. The membrane is made 
of glass fiber and Teflon, so the contact angle might be between 90 and 108.5°. 
60 
In addition, 2. 4 microns is the approximate radius of the largest pores. Thus, 
average pore radius should be less than 2. 4 micron. 
As stated by Equation 2. 59b, mass flux in the transition region-
combined ordinary and Knudsen diffusion - is 
_ ( d To. 75 
NA- q' R L d 
7T(1+d' 
U the average equivalent radius is assumed to be 1 micron, the value of 
-1.25 -4 -1.25 (L T ) will be 7 • 46 x 10 T with Tin °R and 7T in in. Hg. This 
d' r 7T 7T 
(2. 59b) 
additional resistance can not be ignored when the pressure is low enough to make 
the above term appreciable compared to 1. 0. For this reason, following the 
same arguments as in deriving Equation 4.8, the overall resistance in the trans-
ition region is 
1 2 ~ 3 L PBAVE 3 kePBAVE 
-K -- A A H + 3. 5 X 10 -0 75 + 7. 0 X 10 - 75 





Using the same values of h as in plotting Fig. 4. 6, experimental 1/K are 
m 
plotted versus the right hand side of Equation 4.16 as shown in Fig. 4. 7. 
Comparing Fig. 4. 6 and 4. 7, there are minor changes in pressure runs 
as expected, but there are improvements in the vacuum runs. The average 
absolute percentage deviation of Equation 4.16, ( ~IExperimenta.~- Calculated~ x 
Experrmental 
100 
N f . t , was 16.13%. o. o porn s 
Heat Transfer Coefficients: 
The average heat transfer coefficient of a heated or cooled wall, 
with a height D, in an infinite fluid is described by Equation 2. 42 as 
h = O. 677 kN 112 (0. 952 + N ) - 1/4 {Jg A t' l/4 
Pr Pr v2 D 
Since there were built-in heaters increasing convection currents in each 
chamber as shown in Fig. 3.1, one can expect that the heat transfer 
coefficient in these experiments should be different than given by Equation 
(2.42) 
2.42. The reason is that more convection would be produced by the presence 
of the heater than would exist in an infinite fluid. This effect, the edge effects, 
and the fact that a circular wall was involved might be roughly taken care of by 
proper modification of the constant in Equation 2. 42, and the following 
approximation could be used, i.e. 
1/2 -1/4 13e: ~t· 1/4 
h = a kNP (0. 952 + Np ) f2 -) 
r r u D 
(4.18) 
Where a is a constant to be determined. Differences of properties between 
. 0 
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2 
NPr and 9g/v of water at the average temperature will be used in the calcu-
lation. Without knowing At', h still can not be calculated. 
For assumed equal film coefficients, it can be shown from Equation 
4. 5 that 
(4.19) 
Equating Equations 4.18 and 4.19 and rearranging, gives 
F(6t') =a k Np 112 (0. 952 + N ) -1 / 4 D - 1 / 4 (At')l. 25 
r Pr 
+ 2 k At' /L - (N M A H + k A t/L) = 0 
e A A e (4. 20) 
The problem now is to find the root, A t', of this equation. This can be done 
by Newton's iteration method. 
Differentiating F(At') 
F'(At')=1.25 akN 112 (0.952 +Np )-1 / 4 x (f1g_2 / 14(At') 0 · 25 +2 k /L (4.21) Pr r v e 
Then, the root can be found by iteration from the following form 
At'. =At'.- F(~t'.)/F'(At'.) 
1+1 1 1 1 
(4. 22) 
The root thus found can then be used to evaluate h either by Equation 4.18 or 
Equation 4.19. 
Different values of a, starting from 0. 677 with an increment of 
0.677/8 each time, have been tried to approximate h andAt' as described 
above. Then these values were used to calculate theoretical m A by following 
the set of equations listed below 
(2. 62) 
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E: d 'To. 75 
N =----A q' R L d 7T(l +-d' 
-1 25 T" 
(2. 59b) 
r 7T ) -(pAl+ PA2)/2 
The sum of [(rnA) - (rnA) J 2 , where (m ) is experimental and (m ) is 
e c Ae Ac 
obtained from the above equations, and the sum of {[(m ) - (m ) ] /(m ) } 2 
Ae Ac Ae 
have been calculated and compared. It was found that the minima of both sums 
of squares occur when a is equal to 1. 354 for the experiments of this study. 
Therefore, the following equation 
h = 1. 354 k N 112(0. 952 + N )- 1 /4(~ At' 1/4 
Pr Pr 2 ) 
u D 
(4. 23) 
is used to approximate h consistent with the experiments. 
The corresponding approximation of h, based on the above method, for 
experiments in the previous study was found to be 
h = 2.285 k NPr1/ 2 (0.952 + NPr)-1 /4(~ .6t')l/4 
u D 
(4. 24) 
Using experimental values of N A and Equation 4.20 with the appropriate value 
of a, At' for each data point was calculated. The value of h for each data point 
was then evaluated with Equation 4.19. After taking the average, it was found 
that the average values of h for each group -runs under pressure, runs under 
vacuum and nms at 1 atm (those of previous study) were 180, 140, and 290 
Btu/ft. 2 hr. °F, respectively. These were the values used in plotting Fig. 4.6 
and Fig. 4. 7. Previous values for h were 310 obtained by least squares methods 
(seep. 51) with 1 atm data, and approximately 425 obtained by experiments at 
1 atm (15). 
Proposed Estimation Methods: 
In view of these results, Equation 4. 8 is validated for calculating over-
all mass transfer resistance under the conditions of negligible salt concentration 
build up and operation under pressure above 1 atm. For membranes with very 
small pores and for operation under low pressure, Equation 4.16 is valid for 
all these types of operations. 
Flow processes will probably be used, if this method of evaporation 
is to be applied in industrial separation. It may be seen from Equation 4.17 
and the arguments of developing Equation 4.16 that a general equation to 
calculate overall mass transfer resistance would be 
LP' 
1_ =(!_+!_)~A H + (q'R ) BAVE 
Km hs hf At MAE: d .t>· 75 
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1 1 q' R 
+ k (h- +h-) d 
e s f MAE: 
P'BAVE 
To. 75 (4. 25) 
For known flow patterns and operating conditions, a large number of heat 
transfer coefficient correlations appear in the literature, so hs and hf can be 
calculated by any appropriate correlation. Once hs and hf are lmown, 
Equation 4. 24 may easily be used, and the corresponding mass flux, m A' 
can be evaluated. 
The amount of heat which is conducted through the membrane might 
be the most important factor in evaluating the economy of this method of 
evaporation, since heat recovery is a costly ope ration. Equations 2. 65, 
2. 7 Ob and 2. 71 state that 
k 
e 
qc1 = L (tl - t2) 
At= At~ (1 + hs/hf) + (t1 - t2) 
1 
_ NAMAAH + keAt/L 
Ats - h + (1 + h /hf)k /L 





By combining these three equations the resulting expression for conduction 
heat flux through the membrane will be 
ke NAM~H + ke~t/L 
qcl = L (~t- (l +hs/hf)[h + (1 +h /h )k /L]} 
s s f e 
(4.25) 
Thc::;e variables are all known if NAhas been previously calculated. 
D. Internal Condensation: 
Internal condensation will occur when the partial pressure of the 
water vapor within the membrane becomes greater than the saturated water 
vapor pressure. By reasoning similar to Mickley's (29) on fogging in 
humidification towers, it can be shown that as the ~t across the membrane 
increases, the likelihood of a saturated vapor condition inside the membrane 
increases. Internal condensation might cause a continuous liquid channel 
through the membrane and permit leaking. As a result, the condensate will 
be contaminated either by leaking or by the diffusion of non -volatile solute. 
To demonstrate this aspect, consider the case involving ordinary 
diffusion only. Then, Equations 2. 56 and 2. 57 can be reduced to 
rr - p z/L 
p = 7T-(7T- p )( A2) A Al 
TT -PAl 
(4. 26) 
Err d T0 • 7 5 7T - P A2 
= ln( ) 
q' R L 7T- PAl 
(4.27) 
The temperature profile is stated by Equation 2. 48 as 
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(2 0 48) 
If the concentration of solute at the membrane surface is known, the distribu-
tions of temperature and partial pressure of water vapor within the membrane 
can be calculated with these three equations. 
Taking salt concentration in the bulk fluid as the interface concentra-
tion, calculations have been made for a membrane with 
L = 0. 002 ft. 
E: = o. 91 
q' = /2 
k = 0. 06 Btu/ft. hr. °F 
e 
The results are tabulated in Table E.l through E.8, Appendix E, for 1T = 1 and 
2 atm. 
Examining these tables, they show that internal condensation will 
occur when (t1 - t2 ) is large. It also indicates that, at the same operating 
temperatures but higher pressures, a higher At is endurable without causing 
internal condensation, and, when operating temperatures reach close to the 
boiling points, the endurable At is reduced sharply. Since there will be 
temperature drops across two liquid films and there will be, more or less, 
a concentration build-up at the membrane surface, internal condensation 
should not occur as long as At is not much higher than the (t1 - t2 ) which can 
cause saturated vapor conditions inside the membrane based on the above 
method of calculation. However, since the membranes and the transfer 
properties are not uniform, internal condensation in certain locations can not 
be ru1 ed out. 
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This may explain, at least partly,. the reason for poor agreement between 
Tanna's data with high At values and the theoretically based equation developed. It 
may also explain the membrane failures which have consistently resulted from 
bringing the temperature levels close to the boiling point in order to reduce p 
B 
and obtain higher evaporation rates. 
E. Principal Requirements of Membrane: 
The membrane to be used for practical industrial separation should 
meet the following requirements: 
(i) it must provide low mass transfer and high heat transfer 
resistances 
(ii) it must be resistant chemically and strong physically to withstand 
the process conditions 
(iii) it must be reasonable in cost 
Only (i) will be considered here. 
Heat transfer between bodies of fluid on opposite sides of a membrane 
in this type evaporation should be mostly latent heat of vaporization rather than 
heat conduction by the membrane. The heat conducted by the membrane is not 
effective in producing evaporation and it will increase the requirements for 
heat recovery. Such heat must also transfer through the two liquid films and 
increase the temperature drop across these films. As a result, the driving 
force for mass transfer is reduced. Therefore, the thermal conductivity of 
the membrane should be as small as possible. Another reason why low thermal 
conductivity is desirable is that there must be a sufficient temperature drop 
across the membrane to establish the driving force, partial pressure gradient 
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of vapor, for mass transfer in the proper direction. This means that (t - t ) 
. 1 2 
should be at least greater than the boiling point elevation. For a given total At 
such a temperature difference can be obtained by increasing membrane thick-
ness, but it in turn increases the mass transfer resistance. It is then clear 
that a membrane of low thermal conductivity is desired, so that thinner 
membranes can be used. 
In order to reduce to a minimum the resistance to diffusion of vapor, 
the membrane is preferably of high porosity, and the pores are preferably of 
a maximum size while being impermeable to the liquid. Thermal conductivity 
of the membrane is directly related to the portion of solids in the membrane. 
This is another reason high porosity is preferred. 
F. Optimum Operating Conditions for F1ow Process: 
It is easily seen from Equations 2. 59b and 2. 60b that the lower the 
absolute pressure in the pores of the membrane, the higher the mass transfer 
rate, or the lower the mass transfer resistance. In order to obtain minimum 
diffusion resistance under predetermined operation conditions, the pressure 
in the pores should be at the vapor pressure of the fluid to be evaporated, as 
long as surface tension can stand the pressure differential between it and the 
hydrostatic pressure of the evaporating liquid, and as long as internal conden-
sation does not result. For a membrane with pores initially containing air or 
other gases, the condition mentioned above can be reached by flowing degassed 
solution and coolant pass the membrane surfaces. This will allow the air, or 
other gases, in the pores to be absorbed by the fluids, reducing the pressure 
in the pores to near the vapor pressure. 
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Next, consider the roles that hs and hf, heat transfer coefficients, play. 
Higher values of hs and hf are desired, since this will lower the temperature 
drops across the two films and the driving force for mass transfer will be 
increased. The other aspect is that high values of h will correspond to low 
s 
build-up of non-volatile solute concentration at the membrane surface. A higher 
solute concentration at the membrane surface gives rise to three undesirable 
effects: first, it reduces the value of p AI; second, it provides a larger driving 
force for the solute to diffuse through a lealdng membrane; and third, the solute 
might deposit on the membrane surface deteriorating nonwettability and cause 
leaking. This may be another reason why it has been impossible thus far to 
operate at the boiling point with high evaporation rates. Therefore, means to 
provide higher values of hs and hf, either higher operating temperature level or 




Based on the successful correlation of the experimental results, the 
major factors determining evaporation rates through nonwettable porous mem-
branes are diffusion through stagnant gas trapped in the pores, liquid film 
heat transfer coefficients, membrane thermal conductivity and the vapor 
pressure difference across the membrane. 
The mass transfer rate coefficient for this process may be obtained 





where h values may be obtained from correlations for liquid film heat trans-






The following is a list of the chemicals and materials used in this 
investigation. 
Salt (sodium chloride): Commercial ice cream salt was used for preparing 
7% by weight salt solution for evaporation. 
Distilled Water: Condensate from the steam condensate line was used. 
Silver Nitrate: Reagent grade silver nitrate was used to prepare 1 N solution 
for testing the presence of cC ions in the condensate. 
Teflon DisEersion: E. I. DuPont's Teflon 30-B dispersion, containing 59.0 to 
61. O% solids and with a density of 1. 5 gm. I em. 3 , was used for making the 
membrane. 
Glass Fiber: Owens-Corning "Fiberglas", Type AA, of size 1 micron in 
diameter was used for making the membrane. 
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Aluminum Sulfate: Reagent grade aluminum sulfate crystals were used to pre-





Major components and the arrangement are shown in Fig. 3.1 and Fig. 
3. 2. 
1. Evaporator- Condenser: Two aluminum shells with inside diameter of 
2-3/8 inches and 2-1/2 inches in depth, separated by two rubber gaskets and 
membrane, created two chambers for containing the salt and fresh water. 
2. Electric Heaters: Two heaters were made by inserting nichcrome wire 
with insulation into copper tube coils. The heaters generated 150 watts at 110 
volts. 
3. Va.riacs: Two "Adjust-a-volt" variacs with ranges of 0-140 volts were 
used. Both were made by Standard Electric Product Co. 
4. Wattmeter: A wattmeter (Model 432, Weston Instruments, Inc.) was used 
to indicate power inputs to the heaters. 
5. Thermocouples: Two Copper-Constantan thermocouples made from size 
20 A. W.G. Wire were used to measure the bulk temperatures of fluids. 
6. Potentiometer: A potentiometer (Model 1324, Winslow Company, Inc.) 
was used to measure the e. m. f. of the thermocouples in m. v. 
7. Level Gauge Tubes: Two 5/8 inch Pyrex glass tubes of 20 em. in length 
were used as level indicators. 
8. Pressure Regulator: A pressure regulator made by Honeywell was used 
to regulate the pressure. 
9. Pressure Gauge: It was made by Jas P. Marsh Corporation with a range 
of 30 in. Hg vacuum to 30 psig. 
10. Aspirator: Fisher's "AIREJECTOR" was used to induce the vacuum. 
11. Liquid Reservoirs: Three steel pipes of 2-1/2 inches in diameter and 
12, 18, and 27 inches in length were used a.s reservoirs for salt and fresh 
water. 
12. Graduated Cylinders: Two graduated cylinders, 10. 0 and 25. 0 ml in 
volume, were used to collect the water transferred. 
Membranes Making Equipment: 
1. Blender: A liquifier-blender (Model 541, John Oster Manufacturing Co.) 
was used to blend glass fiber and Teflon. 
2. Buchner Funnel: The funnel was 4. 7 inches in diameter and was used to 
filter and fabricate membranes. 
3. Electric Oven: An oven (Model TM-1, Munsey Products, Inc.) was used 







The procedure of preparing a standard "1 gram" membrane containing 
1 gram of glass fiber for a membrane 0.115 ft. 2 in area will be described. 
During this investigation, membranes containing three different weights of 
glass fiber were prepared by using all materials in proportion to the standard 
"1 gram" membrane and following the same procedure. 
One gram of Owens-Corning Fiberglas, type AA, was wetted with 
water. This glass fiber was split into small pieces by hand and placed into 
a blender containing about 200 ml of tap water. The contents were then 
blended for about five minutes to get a satisfactory dispersion. Then 0. 5 ml 
of DuPont Teflon 30B aqueous dispersion was added to the above contents 
and blended for another five minutes. About 5 ml of alum solution, 0. 05 
gram/ml, were then added, again blending for about 5 minutes. The purpose 
of adding alum is to cause coagulation of Teflon onto the surface of glass 
fiber. 
The slurry thus formed was then filtered through a Buchner funnel 
by vacuum. Then, another 0. 5 ml of Teflon dispersion, added to 50 ml of 
water, was distributed on the wet membrane and filtered with slight vacuum. 
The wet membrane formed was washed with tap water. Then it was removed 
from the funnel and placed in between sheets of paper towels to absorb part 
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of the water. Paper towels were changed several times, and the wet membrane 
was rolled with a cylindrical steel pipe to remove most of the water and to 
increase the density. 
Finally, the membrane was baked in an oven at about 600°F for 
approximately 40 minutes. This baking served to combine the Teflon particles 
and to bond them to the glass fiber, since Teflon is partially melted under this 
temperature. After the baking, water was sprayed on the membrane surface 
to check the water repellent character of the membrane. If the membrane 
did not absorb water or become wet on the surface, it was then used in 
experiments. 
The materials and equipment for making the membrane are listed in 
Appendix A and Appendix C respectively. 
Membrane Characteristics: 
The membranes prepared in this investigation were not uniform in 
thickness. The ratios of Teflon to glass fiber in membranes were also 
different for individual membranes. The data tabulated below on thickness, 
porosity, and effective thermal conductivity were the average values taken 

























Wt. of Wt. of Thick- Porosity Thermal 
glass membrane ness E: Conductivity 
fiber, gm. gm. L, inch k , Btu/ft. hr. °F 
e 
1.00 1.45 0.027 o. 91 0.056 
1.00 1. 54 0.021 0.88 0.068 
1.00 1. 66 0.022 0.88 0.066 
1.00 1. 73 0.023 0.88 0.065 
2.00 2.84 0.041 0.89 0.068 
2.00 2.76 0.042 0.89 0.067 
2.00 2. 71 0.042 0.89 0.066 
2.00 2. 92 0.043 0.89 0.066 
4.00 5.63 o. 072 0.87 0.075 
4.00 5.52 0.071 0.87 0.076 
4.00 5.51 0.077 0.88 0.071 
4.00 5.64 0.073 0.87 0.075 
1.00 1. 66 0.022 0.87 0.066 
1.00 1. 67 0.023 0.88 0.064 
2.00 3. 01 0.043 0.88 0.066 
2.00 3.08 0.038 0.88 0.073 
4.00 5.56 0.070 0.87 0.077 
4.00 5.37 0.072 0.87 0.075 
1. Weight of glass fiber and membrane were based on membrane 
2. 0.115 ft. 1n area. 
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2. Densities of Teflon and glass fiber are 2. 20 (21) a.nd 2. 30 gm. /em. 3 
(37). A density of 2. 26 gm. /em. 3 was used for membrane solids 
in evaluating membrane porosity. 
3. Thermal conductivities of Teflon and glass fiber are 0.11 (21) and 
0. 63 Btu/ft. hr. °F (37), respectively. Thermal conductivity of 
membrane solids was calculated as following: 
k == O. 11 x wt. of membrane - wt. of glass fiber 
w wt. of membrane 
+ o. 63 x wt of glass fiber 
wt. of membrane 
Effective thermal conductivity of membrane was calculated 
according to Equation 2. 44, i.e. 
k = (1 - E) k + E kf 
e w 
0 
The value of kf was assumed to be o. 015 Btu/~. hr. F, since 
water vapor and air have thermal conductivities of about 0. 014 
0 
and o. 016 Btu/ft. hr. F (38). 
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APPENDIX D 
DATA AND RESULTS 
The experimental data taken during this investigation and the results 
are included in this appendix. The following notations were used in the tables. 
71" = absolute total pressure, in. Hg 
t = bulk temperature of salt water, °F 
s 
tf = bulk temperature of fresh water, °F 
2 
m A = mass flux, lb. /ft. hr. 
















Experimental Data and Results 

















































































TABLE D.3 · 
























































































































Run Number 7 
t tf s 
'" in. Hg. oF OF 
88.13 131.18 119.51 
88.13 169.00 160.70 
88.13 206.25 195.39 
88.13 223.20 212.04 
88.13 244.00 233.18 
TABLE D.8 
Run Number 8 
'" in. Hg. 
88.74 152.88 142.89 
88.74 177.07 167.06 
88.74 183.85 173.90 
88.74 214.88 203.61 
88.74 235.68 224.94 
88.74 249.36 237.94 
88.74 254.45 244.05 
rnA 
2 






























































TABLE D. 9 

















































































































































TABLE D. 13 



















































































































































































































DISTRIBUTIONS OF TEMPERATURE AND PARTIAL 
PRESSURE OF WATER VAPOR IN A MEMBRANE 
This appendix includes the results of calculations, using Equations 
4. 26, 4. 27, and 2. 28, for a nonwettable membrane (with a thickness of 0. 002 
ft., a porosity of 0. 91, a tortuosity of .[2, and an effective conductivity of 
0. 06 Btu/ft. hr. °F), with air trapped in the pores, in contact with 7% salt 
solution at one surface and water condensate a.t the other surface. Specific 
heat of water vapor is taken to be 0. 396 Btu/lb. °F (39). 
In these tables tat z/L = 0 and 1. 0 were arbitrarily chosen. '.!he 
values oft and p A at z/L from 0. 70 through 0. 95 were calculated for compar-
o ison with vapor pressure at t, p A • 
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TABLE E.1 
Temperature and Partial Pressure Distribution of a Membrane 
1r = 1 atm 
z/L 
t, 0 
.P A' 0.00 0.70 0.75 0.80 0.85 0.90 0.95 1. 00 
PA 
t 170.00 163.02 162.52 162.02 161.51 161.01 160.51 160.00 
0 5.986 5.088 5.028 4.968 4.909 4.851 4.793 4.736 PA 
PA 5.746 5.050 4.999 4.946 4.894 4.842 4.789 4.736 
t 171.00 163.33 162.78 162.22 161. 67 161.11 160.56 160.00 
0 6.125 5.125 5.058 4.992 4.927 4.863 4.799 4.736 PA 
PA 5.880 5.094 5.035 4.976 4.916 4.856 4. 796 4.736 
t 172.00 163.64 163.03 162.43 161.82 161.22 160.61 160.00 
0 6.267 5.162 5.089 5. 017 . 4.945 4. 875 4.805 4.736 PA 
PA 6.016 5.138 5.072 5.006 4.939 4.872 4.804 4.736 
t 173.00 163.94 163.29 162.63 161.98 161. 32 160.66 160.00 
0 6.411 5.199 5.120 5.041 4.963 4.887 4. 811 4.736 PA 
PA 6.155 5.184 5.111 5.037 4.963 4.888 4.812 4. 736 
t 174.00 164.25 163.55 162.84 162.13 161. 42 160. 71 160.00 
0 6.558 5.237 5.151 5.066 4.982 4.899 4.817 4.736 PA 
PA 6.296 5.232 5.151 5.069 4.987 4.904 4.820 4.736 
t 175.00 164.56 163.81 163.05 162.29 161.53 160.76 160.00 
0 6.708 5.275 5.182 5.091 5.000 4. 911 4.823 4.736 PA 




1r = 2 atm 
z/L 
t, 0 PA, o.oo 0.70 0.75 0.80 0.85 0.90 0.95 1. 00 
PA 
t 170.00 163.01 162.51 162. 01 161. 51 161. 00 160.50 160.00 
0 5.986 5.086 5.026 4.967 4.908 4.850 4.793 4.736 PA 
PA 5.746 5.043 4.992 4.941 4.890 4.839 4.787 4. 736 
t 171.00 163.31 162.76 162.21 161.66 161.10 160.55 160.00 
0 6.125 5.123 5.056 4.991 4.926 4.862 4.798 4.736 PA 
PA 5.880 5.085 5.027 4.969 4. 911 4.853 4. 794 4.736 
t 172.00 163.61 163.01 162.41 161. 81 161.21 160.60 160.00 0 6.267 5.159 5.087 5.015 4.944 4.874 4.804 4.736 PA 
PA 6.016 5.127 5.062 4.997 4.932 4.867 4.801 4.736 
' 173.00 163.92 163.27 161.31 160.65 t 162. 61 161.96 160.00 0 6.411 5.196 5.117 5.039 4. 961 4.885 4.810 4. 736 PA 
PA 6.155 5.170 5.098 5.026 4.954 4.881 4.809 4.736 
t 174. 00 164.22 163.52 - -162. 82 162.11 161.41 160.71 160.00 0 6.558 5.233 5.148 5.063 4.979 4.897 4.816 4.736 PA 
PA 6.296 5.214 5.135 5.056 4.796 4. 896 4.816 4.736 
t 175.00 164.52 163.77 163.02 162.26 161.51 160.75 160.00 0 6.708 5.271 5.178 5.087 4. 997 4.909 4.822 4. 736 PA 
PA 6.440 5.260 5.173 5.086 4.999 4.912 4.824 4.736 
tO 
l'IJ 
-------- - --- - -- -- - -----
TABLE E.3 
1r = 1 atm 
z/L 
t, 0 
PA o.oo 0.70 0.75 0.80 0.85 0.90 0.95 1. 00 
PA 
t 185.00 179.43 179.02 178.62 178.22 177.81 177.41 177.00 
0 7.342 7.276 7.211 7.146 7. 081 7. 017 PA 8.375 7.408 
PA 8.040 7.340 7.287 7.234 7.180 7.126 7.072 7. 017 
t 186.00 179.73 179.28 178.83 178.37 177.91 177.46 177.00 
0 8.559 7.459 7.384 7.236 7.163 7.090 7.017 PA 7.310 
PA 8.217 7.399 7.337 7.274 7.210 7.147 7.082 7.017 
t 187.00 180.04 179.54 179.03 178.53 178.02 177.51 177.00 
0 8.747 7.510 7.427 7.344 7.261 7.179 7.098 7.017 PA 
PA 8.397 7.460 7.388 7.316 7.242 7.168 7.093 7.017 
t 188.00 180.36 179.80 179.24 178.68 178.12 177.56 177.00 0 8.938 7.563 7.470 7.287 7.196 7.106 PA 7.378 7.017 
PA 8.580 7.524 7.442 7.359 7.275 7.190 7.104 7.017 
t 189.00 180.67 180.06 179.45 178.84 178.23 177.62 177.00 0 9.132 7.615 7.513 7.413 7.312 7.213 PA 7.115 7.017 
PA 8.767 7.590 7.498 7.404 7.309 7.213 7.116 7.017 
t 190.00 180.99 180.33 179.67 179.00 178.34 177.67 177.00 0 
PA 9.330 7.669 7.558 7.448 7.338 7.230 7.123 7.017 




::- = 2 atm 
z/ L 
t, 0 
PA' o.oo o. 70 0.75 0.80 O.RS 0.90 0.95 1. 00 
PA 
t 187.00 180.01 179.51 179.01 178.51 178.01 177.50 177.00 
0 8. 747 7.505 7.422 7.340 7.258 7.177 7.097 PA 7.017 
PA 8.397 7.440 7. 371 7.300 7.230 7.159 7.088 7.017 
t 188.00 180.32 179.77 179.21 178.66 178. 11 177.55 177.00 
0 7.556 7.464 PA 8.938 7.373 7.283 7.193 7.105 7.017 
PA 8.580 7.498 7.419 7.339 7.259 7.179 7.098 7. 017 
t 189.00 180.62 180.02 179.42 178.81 178.21 177. 61 177.00 
0 9.132 7.607 7.506 7.406 7.308 7.210 7.113 PA 7.017 
PA 8.767 7.557 7.468 7.379 7.289 7.199 7.108 7.017 
t 190.00 180.93 180.27 179.62 178.97 178.31 177.66 177.00 
0 9.330 7.659 7.549 7.440 7.333 7.226 7.121 PA 7.017 
PA 8.957 7.618 7.519 7.420 7.320 7.219 7.119 7.017 
t 191.00 181.23 180.53 179.82 179.12 178.41 177.71 177.00 
0 9.532 7. 711 7.591 7.474 7.358 7.243 7.129 PA 7.017 
PA 9.151 7.680 7. 571 7.461 7.351 7.240 7.129 7.017 
t 192.00 181.54 180.78 180.03 179.27 178.52 177. 76 177.00 
0 9.737 7.763 7.634 7.508 7.383 7.259 7.137 PA 7.017 
PA 9.348 7.744 7.624 7.504 7.383 7.262 7.140 7.017 
~ 
~ 
T.-\BLL F. ::i 




.-\, 0.00 0. 70 
p.-\ 
0. 7S 0."'0 O.HS (). ~!0 (). ~ J ::i 1. 00 
t 2 02. 00 197.'~·~ 197. s;l 197.2 J 1 !HI. ~~:2 1DG.~l2 1 ~~r;. :n 1%.00 
() 
12.000 11. 010 10.9·!0 10.871 10. H02 1 0. 7 :l :l 10.GG·1 10.595 p.-\ 
PA 11. S20 10. <1" 10. R·l9 10.800 10.750 10.()~19 10.G·17 10. S~l5 
t 20:L 00 1 ~q .15 197. RO 197. ·H 1 !)7. OR 1 ~JG. 72 1%. :3G 19G.OO 
0 12.2·18 11.0.:.;3 11. 001 10.919 1 0. 8 :lR 10.757 10.G7G 10. 5~)5 PA 
PA 11. 7 ss 10.9"fl 10.923 10.860 10. 79S 10. 7:l 0 10. Gf13 10. 5~15 
t 20·L 00 1 9q. ·! 8 198. 07 197.66 197. 25 196.8.1 196. ·12 196.00 
0 12. 501 11.158 11.063 10. 9G9 10.875 10.782 10.GSS 10.595 PA 
PA 12.001 11. 081 11.004 10. 926 10.8·16 10.764 10. G80 10.595 
t 205.00 198.81 198. 35 197.88 197. 42 196.95 196. 47 196.00 
0 12.758 11.235 11.127 11.020 1 o. 914 10.807 10.701 10.595 PA 
PA 12.248 11.183 11.091 10.997 1 o. 901 10.801 10.700 10.595 
t 206.00 199.15 198. 63 198.11 197. 59 197.06 196. 53 196.00 
0 13.020 11.313 11.193 11.073 10. 953 10.834 10.714 10.595 PA 
PA 12.499 11. 295 11.188 11. 076 10.962 10,843 10. 721 10.595 
t 207.00 199.49 198. 92 198.35 197. 77 197.18 196.59 196.00 
0 13.286 11.395 11.261 11.128 10.994 10.861 1 o. 728 10.595 PA 







APPROXIMATIONS OF SOME PROPERTY VALUES 
This appendix includes some approximating equations of property 
values for liquid water and 7% salt solution between 80° and 260°F. They 
were used primarily in the machine computations used in this dissertation. 
The temperature, t, and absolute temperature, T, used have the units of 
°F and 0 R, respectively. 
For Liquid Water: 
0 Thermal conductivity in Btu/ft. hr. F: 
-4 -6 2 
k = 0. 308 + 6. 43 X 10 t- 1.16 X 10 t 
Prandtl number: 




48 104 -7.78 X 10 /T D3 At' NG = 1. x e ~ 
rD 
Vapor pressure in atm: 
pc 1. 8 x a.' + b'x + c'x3 
log10 p = T ( 1 + d'x ) 
where p = vapor pressure in atm 
p = 218.167 
c 
T = 647.27 
c 
x = T - T/1.8 
c 
a' = 3. 2437814 
99 
b' ::: 5. 86826 X 10-3 
c' == 1.1702379 x 10-3 
d' == 2.1878462 X 10-3 
For 7% Salt Solution: 
Specific heat in Btu/lb. °F: 
-4 
C ::: Oo 873 + 1. 21 X 10 t p 
Lewis number: 
-3 -5 -7 2 N Le == 3 o 7 6 X 1 0 + 6. 9 7 X 10 t + 4 o 04 X 10 t 
The above equations were obtained by curve fitting data and using 
equations from the following sources: 
k, NP , and NG are from Eckert and Drake (11). 
r rD 
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pis from Keenan, J.H., and Kerp, F.G., "Thermodynamic Properties 
of Steam", 1st ed., John Wiley and Sons, New York (1947), p. 14. 
c is from International Critical Table, Vol. 5, P. 115. p 
N is from International Critical Table, Vol 5, pp. 87, 115, and 229, 
Le 
and Perry (40, 41). 
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